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Highlights  10 

• A new swirling reactor is introduced for H2 release of perhydro dibenzyltoluene. 11 

• The cold flow mock-up study shows fluidization of the catalyst beads. 12 

• Presence of the gas phase is crucial in fluidization of the catalyst bed. 13 

• A method for simulating three phase flows with open-source software is presented. 14 

Abstract 15 

In the recent advances towards more sustainable global energy supply, H2 is a possible alternative for 16 

large scale energy storage. In this view, Liquid Organic Hydrogen Carriers (LOHC) are a class of 17 

molecules that allow for easier long term energy storage compared to conventional H2 technologies. 18 

CFD simulations were used to showcase the hydrodynamics of the dehydrogenation of a LOHC in a 19 

new reactor unit, via a cold flow mock-up study. This reactor was designed to allow for a swirling 20 

motion of the liquid carrier material, favouring the removal of H2 gas from the flow and forcing the 21 

equilibrium of the reaction towards dehydrogenation, as well as to keep the catalyst particles in 22 

motion. The CFD simulations were validated qualitatively with experimental operation of the reactor, 23 

in a system with identical dimensionless numbers (Reynolds and Stokes), in order to use less costly 24 

products during the prototyping phase.  25 

Keywords: Computational Fluid Dynamics, Liquid Organic Hydrogen Carrier, Dehydrogenation reactor 26 

design, Swirling fluidized bed. 27 
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Ar Archimedes Number 

BT Benzyltoluene 

CFD Computational Fluid Dynamics 

DBT Dibenzyltoluene 

DoD Degree of Dehydrogenation 

Eo Eötvös Number 

H18-DBT Perhydro-dibenzyltoluene 

LOHC Liquid Organic Hydrogen Carriers 

LPM Litre Per Minute 

Re Reynolds Number 

SST Shear Stress Transport 

Roman 

g Gravitational Acceleration 

f Distorted Particle Model Parameter 

k Turbulent Kinetic Energy 

p Pressure 

t time 

s Sphericity 

C General Coefficient 

D Diameter 

F Momentum Exchange Source Term 

U Velocity 

Greek  𝛼 Volume Fraction 𝜖 Void Fraction 𝜇 Dynamic Viscosity 𝜌 Density 𝜎 Surface Tension 𝜏 Stress Tensor 𝜙 Schaeffer Model Coefficient 

Subscripts 

d Dispersed phase 

g Gas phase 

i General phase 

j Coupled phase 

l Liquid phase 

m Mixture 

mf Minimal fluidization 

s Solid phase 

DP Distorted Particles 

SC Spherical Cap 

SP Spherical Particles 

WY Wen & Yu 

Superscripts 

D Drag 

VM Virtual Mass 

TD Turbulent Dispersion 

  

1. Introduction 1 
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Hydrogen has been gaining increased attention as a potential alternative to fossil fuels since it can be 1 

a new and sustainable energy vector. The critical issue with H2 is finding effective methods to store 2 

the fuel. Many potential methods for H2 storage have been proposed in the past, of which the storage 3 

in Liquid Organic Hydrogen Carriers (LOHC) is an especially promising storage method, especially for 4 

long term / long distance transportation [1, 2]. H2 is stored in a LOHC molecule by chemically bounding 5 

it to available sites on the carrier molecule, e.g., the carbon – carbon double bonds on a homocyclic 6 

(e.g., BT, DBT, toluene, biphenyl/diphenyl methane [3], light cycle oil from fluid catalytic cracking [4]) 7 

or heterocyclic aromatic (e.g., biphenyl/diphenyl methane [3], mono and dimethyl-quinolines [5, 6], 8 

as well as substituted quinolines and pyridines [7, 8]) , or even on aliphatic oxygen-containing 9 

molecules (e.g., furfuryl alcohol [9], biphenyl and diphenyl ether [10]). H2 can be released by reversing 10 

the process, thus leaving the LOHC molecule to be reused to store to new hydrogen. 11 

It is this H2 release step that has proven to be one of the major challenges in the overall storage cycle 12 

for LOHC, due to the high dehydrogenation enthalpy required (ΔH0 = 65 kJ mol-1H2) at high 13 

temperatures (≈ 300 °C) [11]. During the dehydrogenation, the catalyst is deactivated by the liquid 14 

products, as well as in the case of catalyst particle de-wetting due to the considerable amounts of H2 15 

formed [12]. To improve the efficiency of the process, and to minimize decomposition of the LOHC 16 

during repeated hydrogenation/dehydrogenation cycles, much research has been dedicated to finding 17 

efficient catalysts for LOHC[13-17], as well as identifying alternative LOHC molecules[3-10]. Much less 18 

effort has been put in the study of innovative reactor concepts. A review by Modisha et al. also 19 

highlighted the importance of improved reactor design for LOHC dehydrogenation, where the need 20 

for increased mass and heat transport towards the catalyst surface is of critical importance [18]. 21 

Several reactor concepts have been described in the literature and were recently highlighted in a 22 

current opinion article [19]: Laboratory studies focusing on the operational conditions of LOHC 23 

hydrogenation or dehydrogenation process, often rely on batch reactors. These studies include 24 

hydrogenation of DBT using a gas phase of non-pure hydrogen, such as the addition of water vapours 25 

from electrolysis [20], or hydrogenation experiments with H2/CO2 mixtures [21] where they showed 26 

that hydrogenation of DBT is possible without the need for pure H2 gas flow. Another operational 27 

concept that was shown using a batch reactor was that of a hot pressure swing reactor. This process 28 

showed that DBT can be effectively hydrogenated and dehydrogenated in the same reactor vessel by 29 

increasing and decreasing the H2 pressure [22]. A second type of reactor used on laboratory scale is 30 

the spray – pulse reactor. In this reactor LOHC liquid is periodically pulsed onto a heated catalyst bed, 31 

this limits macro-kinetic transport phenomena towards to catalyst surface, allowing for fast reaction 32 

once the LOHC is sprayed onto the catalyst. These reactors have been used in LOHC research to 33 

evaluate the effectiveness of both Pt and Ni catalyst supported by activated carbon [23, 24]. A small 34 
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scale example of a continuous type reactor is the membrane reactor, these reactors are characterized 1 

by immediate removal of the formed H2 gas, which allows for operational modes that can exceed the 2 

dehydrogenation equilibrium [25, 26]. A membrane reactor can also be used in low pressure mode, 3 

which decreases the required reaction temperature for H2 release [27]. Reactive distillation operated 4 

at low pressure to decrease the dehydrogenation temperature, as well as favouring the H2-rich 5 

LOHC/catalyst contact have been proposed [28, 29], leading however to a complex design due to the 6 

close volatilities of the H2-rich and H2-lean LOHC. In an attempt to supply the dehydrogenation heat 7 

directly in the dehydrogenation unit, heat pipe concepts have been proposed. It was showed that the 8 

critical design factor was ensuring a homogeneous dehydrogenation temperature by placing either a 9 

phase change material, or a porous metallic material between the burner and the dehydrogenation 10 

section [30, 31]. A recent patent discloses the invention of a centrifugal dehydrogenation reactor 11 

based on a heat pipe exchanger to supply the dehydrogenation heat. They describe the simultaneous 12 

H2 separation from the catalyst surface by applying a centrifugal acceleration [32]. The catalyst is 13 

coated on surface of the external walls of the down-flowing centrifugal device. It is interesting to note 14 

that if density-based separation occurs during centrifugal separations, then the unit is 15 

counterproductive as the H2-rich LOHC is lighter than its dehydrogenated counterpart, then positioned 16 

favourably near the catalytically coated wall. Even though various dehydrogenation reactors have 17 

been described, only the tubular case has been applied commercially [33, 34]. This commercial reactor 18 

is designed as a horizontally placed tubular reactor partly filled (up to 80 % of the reactor volume) with 19 

LOHC and catalyst pellets. This allowed for a headspace in which H2 could escape the reaction medium 20 

without affecting the required catalyst-LOHC contact time [35]. Interestingly, Heublein et al. [12] 21 

characterized the heat transfer and productivity of a tubular reactor operated in counter- and co-22 

current mode, with horizontal and vertical orientations, and demonstrated the superiority of the 23 

vertical operations. 24 

In this work, we introduce a new swirling reactor concept for LOHC dehydrogenation for free-flowing 25 

commercial dehydrogenation catalysts and investigate the hydrodynamics of the liquid-solid-gas flow 26 

in the reactor, using a combination of CFD simulations and cold flow mock-up system with water, glass 27 

beads and argon. Swirling flows in reactors are known to intensify local heat and mass transfer, [36] 28 

which is highly beneficial in the case of LOHC dehydrogenation due to the high thermal input, as well 29 

as loss of catalyst productivity when H2 is not efficiently removed from the surface of the catalyst. The 30 

proposed swirling unit ensures that the catalyst bed is fluidized, a key aspect for dehydrogenation of 31 

DBT; that was recently outlined by Solymosi et al. [37] where they show that the use of mechanical 32 

agitation could enhance mass transfer by a factor 50 and trigger nucleation at the surface and in the 33 

pores of the catalyst. 34 
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2. Methodology 1 

2.1 Dehydrogenation Reactor 2 

The setup for the reactor is depicted on Figure 1. On a) the piping system is shown, with the required 3 

storage tanks, valves, the pump, and the position of the reactor. This distance between the two 200 L 4 

storage tanks measured is roughly 3 meters. The pump was an Iwaki magnet drive pump capable of 5 

250 LPM flow rate, flow was measured using a Prosonic 91 W flow sensor. Stainless steel tubing was 6 

combined with flexible plastic tubing. Figure 1b shows the quartz prototype of the reactor, which had 7 

a total height of 600 mm and a maximal diameter of 300 mm. The reactor is based on a concept with 8 

three distinct zones. The first zone is the reaction zone (the lowest section of the reactor), with a 9 

diameter of 150 mm and a height of 150 mm, the inlets are placed tangentially on the walls of this 10 

section of the reactor. These inlets are 25.4 mm ID pipes that form an angle of 10 degrees with the 11 

horizontal plane. In this reactive zone, the catalyst bed is present, and this is the area where the 12 

hydrogen release will happen from the LOHC liquid. 13 

14 
Figure 1 a) Overview of the reactor setup. I: 200 L tank containing liquid to be sent to the reactor. II: valves: III: pump. 15 
IV: pressure relief valve. V: Reactor. VI: 200 L tank containing liquid after passing the reactor. b) Details of the geometry of 16 
the reactor. VII: The liquid inlets. VIII: The liquid outlets. IX: the gas outlet. The blue disc represents the position of the fritted 17 
disc. 18 

Since this setup is currently build as a cold flow prototype, gas will be introduced via a fritted disc 19 

placed at the bottom of the reactor. The main goal of this reactor is to generate swirling flow patterns 20 

within the reactive zone, which will intensify local heat and mass transfer [36]. This is highly beneficial 21 

in the case of LOHC dehydrogenation: the reaction requires a high thermal input and due to its 22 

endothermicity, the catalyst particles tend to decrease in temperature during the reaction. Increased 23 

mass transfer is also beneficial to remove the formed H2 from the pores and surface of the catalyst 24 

particles. An expansion zone was designed after the reactive zone, where the diameter increased from 25 

150 mm to 300 mm. The height of this zone is 100 mm. In the expansion zone the velocity will 26 
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decrease, causing solids to fall down back into the reactive zone. Finally, the top section of the reactor 1 

which function as a disengagement section is 300 mm in height with the upper 100 mm section 2 

rounded. This rounded top has three openings one for the outlet of the gas, and two openings for 3 

probes, each outlet has a height of 50 mm. Only the opening for the gas is depicted here and used in 4 

the initial CFD – simulations. At a height of 380 mm from the bottom, two more 25.4 mm ID outlets 5 

for the liquid are situated tangentially from the wall parallel to the horizontal plane. We would like to 6 

stress that the design of this reactor is an initial prototype, used to show the fluidization of glass beads 7 

in presence of gas in swirling flows. The different sections of the reactor are overdimensioned to 8 

ensure that the beads will remain in the reactor and to study the separation behaviour of the gas in 9 

the swirling flows. 10 

2.2 Cold flow mock-up strategy 11 

We designed a pre-pilot LOHC test rig allowing to dehydrogenate up to 250 LPM. The process was 12 

designed for the dehydrogenation of either BT or DBT, dehydrogenated using the commercial eggshell 13 

0.3 wt.% Pt catalyst supported on 2 mm alumina beads (Clariant). The choice of BT and DBT is based 14 

on their relatively high H2 storage capacity, 6.2 wt.% and 56 g L-1, excellent thermal properties, a good 15 

(eco)toxicological profile and technical availabilities (commercial heat transfer fluid) [38-40], even 16 

though not comparable to the large quantities required by a future H2 economy. BT has a lower 17 

viscosity, but a lower boiling point and increased vapour pressure compared to DBT, thus less suited 18 

for the operational conditions inside the proposed reactor, where a large liquid free surface is 19 

expected. This would cause more evaporation of the BT LOHC compared to the DBT counterpart [15]. 20 

The pre-pilot facility can be heated up to 300 °C using an induction heating system and can be 21 

operated up to 3 bars (quartz reactor). However, as a first experimental concept, we decided to mimic 22 

this reacting system using simplified relationship based on dimensionless groups, a method commonly 23 

used for fluidized beds, especially for catalytic applications [41]. We followed the philosophy of 24 

Knowlton et al. [42] as they showed that such scaling relations are most relevant for cold flow model 25 

used to improve the operation of an existing plant, versus for scale-up purposes. As the design and 26 

scale-up of swirling fluidized bed is still at its infancy, especially for liquid-gas-solid applications, where 27 

to the best of the authors knowledge, no such procedure has been proposed, we decided to minimize 28 

the risk related to the reactor design by relying on such similarities. 29 

We retained the Reynolds & Stokes similarities, and maintained the centrifugal acceleration imposed 30 

on the solid phase by the liquid. We also imposed water at 20 °C as the working fluid. The set of scaling 31 

relations used is thus composed of the Reynolds & Stokes dimensionless groups, imposing the fluid 32 

velocity and water as the working fluid. By doing so, the density of the particulate phase has to be 33 
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around 2900 kg m-3, with a 1.5 mm diameter. We thus selected glass beads (2500 kg m-3) in the 1 

1.5 - 2 mm diameter range. To further strengthen this correlation we looked at the onset of 2 

fluidization as described by Wen and Yu in the book by Fan for spherical particles in 3 

liquid – solid fluidized beds [43].  4 

𝑈𝑚𝑓0 = 𝜇𝑙 ⋅ √33.72 + 0.0408 ⋅ 𝐴𝑟 − 33.7𝜌𝑙 ⋅ 𝑑𝑝  𝐸𝑞. 1 5 

With 𝐴𝑟 the Archimedes number defined as [44]: 6 

𝐴𝑟 = 𝑑𝑝3 ⋅ 𝜌𝑙 ⋅ (𝜌𝑠 − 𝜌𝑙) ⋅ 𝑔𝜇𝑙2  𝐸𝑞. 2 7 

We used this relation where we assumed the value for minimal fluidization velocity 𝜖𝑚𝑓 as 0.5 and 8 

spherical particles, i.e., the sphericity (s) as 1, to calculate the minimal fluidization velocities for both 9 

the real case of H18-DBT fluidizing porous Al2O3 beads and water being used to fluidize glass beads. 10 

We found that 𝑈𝑚𝑓 for H18-DBT was 0.017 m s-1 and for water this value resulted in 0.015 to 11 

0.021 m s-1 depending on the particle diameter (1.5 – 2 mm). This fluidization calculation is valid for 12 

bottom fed fluidized beds and does not consider the influence of gas phase. The close similarity in 13 𝑈𝑚𝑓 between the cases does provide some confidence that the results of the cold flow mock-up will 14 

give general trends that can be applied to a reactive system. In the work by Fan it is shown that the 15 

addition of gas to a liquid based fluidized bed will reduce the 𝑈𝑚𝑓  [43], the influence of the 16 

thermophysical parameters of the gas is however not further studied in our work.  17 

The mass of catalyst beads was estimated from the molar catalyst to LOHC ratio (Jorschick et al.. [22]). 18 

We assumed our catalyst mass to be the same as the amount of catalyst used in their batch reactor 19 

experiments, by using the same ratio of 6667 mol H18-DBT per mol Pt. In our 25 L system with H18-20 

DBT heated to 573 K, this would result in a total mass of around 600 g. Due to the Reynolds and Stokes 21 

similarities, we assumed the mass of Al2O3 based catalyst particles to be the same as the mass of glass 22 

beads required.  23 

To further mimic the dehydrogenation of LOHC, we generated a stream of diffused argon using a 24 

porous fritted disc, with a diameter of 100 mm and thickness of 18 mm (Hailea, model-ASC-100) from 25 

the lower part of the reactive section of the dehydrogenation unit. To simulate the H2 produced during 26 

dehydrogenation, we extracted the maximum H2 production rate from the same published data of 27 

Jorschick et al. [22] used to estimate the amount of beads. Using their published data, 10 LPM of argon 28 

was continuously fed to the fritted disk.  29 
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This figure was estimated from the maximal slope of the work by Jorschick on the second 1 

dehydrogenation cycle of the fifth figure in his work [22]. We extracted a slope and then converted it 2 

to a productivity of 2.34⋅10- 4 Nm³H2 g- 1
LOHC h- 1. The maximal value of this curve was used since the 3 

experiments performed by Jorschick were done in a batch reactor and in our system, there is a 4 

constant influx of new H18-DBT. We assumed further that only 2/3 of our reactive zone would contain 5 

catalyst beads at a given time, so using this volume we calculated the mass of H18-DBT to 1.3 kg, (using 6 

density correlations extracted from the work of Aslam extracted for 573 K [45]). Using these relations, 7 

we calculated the volume of H2 released and corrected this for a dehydrogenation temperature of 8 

573 K, this corresponded to a value of 1.77⋅10-4 m³ s-1 or 10.6 LPM. For practical purposes of available 9 

mass flow controllers, we rounded this value down to 10 LPM. 10 

2.3 CFD Simulation Models 11 

2.3.1 Governing Equations 12 

The CFD simulations are performed using OpenFOAM’s multiph seEulerFOAM solver (OpenFOAM 13 

version 8). The solver is based on the Euler-Euler approach for modelling multiphase systems. This 14 

approach is based on the idea of interpenetrating continuums, with each continuum described by its 15 

own continuity and momentum equation. The continuity equation is:  16 𝜕𝜕𝑡 (𝛼𝑖𝜌𝑖) + ∇ ⋅ (𝛼𝑖𝜌𝑖𝑼𝑖) = 0 𝐸𝑞. 3 17 

 18 

Where 𝛼𝑖 is the volume fraction of phase i, 𝜌𝑖 is the density and 𝑼𝒊 is its velocity. The momentum 19 

equation of each phase is defined as: 20 𝜕𝜕𝑡 (𝛼𝑖𝜌𝑖𝑼𝑖) + ∇ ⋅ (𝛼𝑖𝜌𝑖𝑼𝑖𝑼𝑖) =  −𝛼𝑖∇𝑝 + ∇ ⋅ (𝛼𝑖𝜏𝑖) + 𝛼𝑖𝜌𝑖𝑔 + 𝐹𝑗𝑖 𝐸𝑞. 4 21 

With 𝑝 is the pressure shared between the phases, 𝜏𝑖 denoting the stress tensor,𝑔 represents the 22 

gravitational acceleration and 𝐹𝑖𝑗  denoting the momentum exchange from phase j on phase i. This 23 

momentum exchange can include drag, lift, wall lubrication, virtual mass, and turbulent dispersion. In 24 

line with the work from Hu et al. [46] for three phase simulations, only the contributions from drag, 25 

virtual mass and turbulent dispersion are included. For this cold flow mock-up study the energy 26 

equation was not considered in the simulation.  27 

2.3.2 Drag Correlation 28 
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Due to the low abundance of gas and solid phases when compared to liquid phase, it is assumed that 1 

both the gas – liquid and solid – liquid system are dispersed – continuous phase, with the liquid phase 2 

being the continuous phase. The drag force exerted between the gas – liquid and solid – liquid phases 3 

can then be expressed as: 4 

𝐹𝑖𝑙𝐷 = 𝐶𝑑𝑙(𝑈𝑑 − 𝑈𝑙) 𝐸𝑞. 5 5 

With 𝑑 representing the dispersed phase (gas or solids) and 𝑙 the liquid phase. 𝐶𝑑𝑙 represents the 6 

specific drag correlation for each of these cases.  7 

The drag correlation for the gas – liquid system is calculated according to the model of Ishii and 8 

Zuber.[47] This drag correlation considers three different flow regimes: a dense spherical particle 9 

regime, a dense distorted particle regime and a dense spherical cap regime.[48, 49] These are 10 

accounted for by the following formulas: 11 

𝐶𝑆𝑃 {= 24 ⋅ (1 + 0.1𝑅𝑒𝑚0.75)𝑅𝑒𝑚  𝑤𝑖𝑡ℎ 𝑅𝑒𝑚 ≤ 1000= 0.44                              𝑤𝑖𝑡ℎ 𝑅𝑒𝑚 > 1000    𝐸𝑞. 6 12 

In this formula the expression for 𝑅𝑒𝑚 is given by [50]: 13 

𝑅𝑒𝑚 = 𝜌𝑙 ⋅ |𝑈𝑔 −  𝑈𝑙| ⋅ 𝑑𝑔𝜇𝑚𝑖𝑥  𝐸𝑞. 7 14 

With 𝑑𝑔 the diameter of the gas bubble and 𝜇𝑚𝑖𝑥 the dynamic mixture viscosity that is calculated by: 15 

𝜇𝑚𝑖𝑥 = 𝜇𝑙 ⋅ (1 − 𝛼𝑔)−2.5⋅𝜇𝑔+0.4 𝜇𝑙𝜇𝑔+𝜇𝑙  𝑤𝑖𝑡ℎ max  (1 − 𝛼𝑔) < 0.001 𝐸𝑞. 8 16 

The second case for distorted particles (or bubbles) is defined as 17 

𝐶𝐷𝑃 = 23 ⋅ 1 + 17.67 𝑓6 7⁄18.67 ⋅ 𝑓 ⋅ √𝐸𝑜 𝐸𝑞. 9 18 

With f defined as: 19 

𝑓 = min ( 𝜇𝑙𝜇𝑚𝑖𝑥 ⋅ √1 − 𝛼𝑔, 1𝑒−03)  𝐸𝑞. 10 20 

And with Eötvös number (𝐸𝑜) is the ratio of the gravitational forces and the surface tension (𝜎): 21 

𝐸𝑜 = 𝑔(𝜌𝑙 − 𝜌𝑔)𝑑𝑔2𝜎  𝐸𝑞. 11 22 
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The drag coefficient for the dense spherical cap bubble regime is defined as: 1 

𝐶𝑆𝐶 = 83 ⋅ (1 − 𝛼𝑔)2 𝐸𝑞. 12 2 

The solid – liquid drag interaction was calculated by the Gidaspow drag correlation model. This model 3 

is a combination of the Ergun and Wen & Yu drag models. The Ergun drag model is used if the volume 4 

fraction, 𝛼𝑙 ≤ 0.8, and the Wen & Yu correlation is used when the volume fraction of the continuous 5 

phase exceeds 0.8 [51].  6 

The Ergun term is given by [52]:  7 

𝐶𝑆𝐿 = 150 ⋅ 𝛼𝑠(1 − 𝛼𝑙)𝜇𝑙𝛼𝑙𝑑𝑠2 + 1.75𝜌𝑙𝛼𝑠|𝑼𝒔 − 𝑼𝒍|𝑑𝑠  𝐸𝑞. 13 8 

The Wen & Yu drag correlation is as follows [53]: 9 

𝐶𝑆𝐿 = 34 𝐶𝑊𝑌 𝛼𝑠𝛼𝑙𝜌𝑙|𝑼𝒍 − 𝑼𝒔|𝑑𝑠 𝛼𝑙−2.65 𝐸𝑞. 14 10 

With the value 𝐶𝑊𝑌 [46]: 11 

𝐶𝑊𝑌 { = 24𝑅𝑒 [1 + 0.15𝑅𝑒0.687] 𝑤𝑖𝑡ℎ 𝑅𝑒 < 1000=  0.44                               𝑤𝑖𝑡ℎ 𝑅𝑒 ≥ 1000  𝐸𝑞. 15 12 

2.3.3 Virtual Mass 13 

The virtual mass is the term that accounts for the inertia induced in the system by the deflection of 14 

mass caused by an accelerating (or decelerating) object in the fluid. The model for a constant 15 

coefficient of virtual mass was selected based on the work by Hu et al. [46]: 16 

𝐹𝑔𝑙𝑉𝑀 = 𝐶𝑉𝑀𝛼𝑔𝜌𝑙 (𝐷𝑈𝑔𝐷𝑡 − 𝐷𝑈𝑙𝐷𝑡 )  𝐸𝑞. 16 17 

For the gas – liquid interaction the constant coefficient used was 𝐶𝑉𝑀 = 0.5. The virtual mass 18 

interaction was not accounted for in the solid – liquid phase pair, 𝐶𝑉𝑀 used was set to 0 in the latter 19 

case.  20 

2.3.4 Turbulent Dispersion 21 

The turbulent dispersion forces represents the diffusion of the turbulent kinetic energy of the 22 

dispersed phase caused by the presence of the continuous phase eddies [54]. This interaction like the 23 
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virtual mass is only accounted for in the gas – liquid phase pair. The specific momentum exchange 1 

term is given by: 2 

𝐹𝑔𝑙𝑇𝐷 = 𝐶𝑇𝐷𝛼𝑔𝜌𝑙𝑘𝑙∇αg 𝐸𝑞. 17 3 

The turbulent dispersion coefficient 𝐶𝑇𝐷 was kept constant at 1.0, the symbol 𝑘𝑙 represents the 4 

turbulent kinetic energy of the liquid [46]. 5 

2.3.5 Turbulence Model 6 

In this study the RANS type k-Omega SST (Shear Stress Transport) turbulence model of Menter [55] 7 

was used for the liquid phase, since it has shown good results with swirling flows [56]. The dominant 8 

flow inside the reactor will be the liquid phase, therefore it was opted to reduce the computational 9 

complexity by turning the turbulent contributions of the gas flow off. To account for the solid particles 10 

in the flow, the kinetic theory of granular flow was used (Table 1). 11 

Table 1: Settings, models and parameters used for the simulations. 12 

 Operational Parameters 

Particle Density 2500 kg m-3 

Particle Diameter 1.5 mm – 2 mm 

Total Particle mass 0.600 kg 

Water Density 1000 kg m-3 

Water dynamic viscosity  1.05 ⋅10-3 Pa⋅s 

Water surface Tension 0.07 N m-1 

Gas Density Calculated by ideal gas law 

Gas dynamic viscosity 2.1⋅10-5 Pa⋅s 

Gas influx rate 3.14 ⋅ 10-4 kg s-1 

 Boundary Conditions 

Water inlet flow rate 4.165 ⋅ 10-4 m³ s-1 

Water inlet temperature 300 K 

Outlet Pressure 1⋅105 Pa 

Fluid – Wall Interaction No – Slip Condition 

Solid – Wall Interaction Johnson Jackson Particle Velocity 

     Restitution Coefficient 0.2 

     Specularity Coefficient 0.1 

 Turbulence Models 

Water turbulence model K – omega SST 

Gas turbulence model none 

 Kinetic Theory Conditions 

Max packing limit 0.65 

Max frictional limit 0.5 

Viscosity Model Syamlal model 

Conductivity Model Syamlal model 
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Granular pressure model Sy ml l, Rogers & O’Brien model 
Frictional stress model Schaeffer model  

    𝜙 = 36 

Radial model Carnahan & Starling Model 

 Interfacial Exchange Models 

Solid – liquid drag model Gidaspow  

Gas – liquid drag model Ishii & Zuber 

Gas – liquid Virtual Mass model  Constant Coefficient model 

Gas – liquid Turbulent Dispersion model Constant Coefficient model 

 1 

3. Results and discussion 2 

3.1 Computational Domain 3 

The computational domain for the comparison with the experimental work is a simplified geometry 4 

of the real reactor: the studied area of the reactor was limited to a height of 450 mm of the original 5 

600 mm height. This limited height corresponded to a total volume of the reactor of 21.3 L. This 6 

approach was selected so that there was less computational effort required to resolve the gas – liquid 7 

interphase, a known computationally expensive phenomenon [57] that does not contribute, here, in 8 

the overall results of the simulation, since we are mostly interested in the interactions of the liquid 9 

gas and solids near the bottom of the reactor. The height of 450 mm was chosen to be below the gas 10 

– liquid interphase near the top of the reactor, as can be seen in Figure 2. The height of this gas-liquid 11 

interphase is dependent on the flow rate and was found to follow the trends observed for the liquid 12 

level in the reactor as a function of time for various inlet flow rates (Figure 3). These results were 13 

obtained from a Volume of Fluid (VOF) simulation for simplicity on a mesh created for the full reactor. 14 

Numerical implementation of VOF in OpenFOAM is well explained in a work from Larsen et al. [58]. 15 

From this we can conclude that with an inlet flow rate of 75 LPM the water volume caps at 25.9 L, 16 

when the water inflow reaches steady state. This justifies the use of the mesh with a capped upper 17 

section, with the entire computational domain filled up with water. 18 
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 1 

Figure 2 Steady state water volume at 60 s. The translucent part denotes the water level in the full reactor (obtained by VOF). 2 

The opaque section is the portion of the geometry used in the Eulerian simulations. 3 

 4 

Figure 3 Steady state water volume obtained by VOF simulations. The dotted grey line denotes the total reactor volume. At 5 

75 L min-1 total inlet flow rate a high inlet flow rate was achieved without overflowing the reactor. 6 

For the three phase Eulerian simulations we introduced the water in the system from the inlets at flow 7 

rates of 50 LPM for comparison with our experimental work, or 75 LPM for other simulations. As this 8 

was close to the maximal achievable flow rate within the reactor. A mass of 0.6 kg of glass beads was 9 

initialized near the reactor inlet. The argon gas was introduced with a flow rate of 3.95 kg s-1 via a 10 

source term. The active volume in the mesh for this source term was chosen to correspond to the 11 

same volume of the fritted disc that was used in the experiment, see also figure 1. The parameters 12 

used to describe the different phases can be found in Table 1. 13 

On this capped geometry a mesh independent study was performed. This mesh independence study 14 

used the Grid Independence Index (GCI) approach from Roache (1994) [59] and is explained in full in 15 

6
0

0
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m
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5
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a recent work published by our group [60]. The results of this grid independence study can be seen in 1 

Figure 4. 2 

For this study, three meshes with different refinement levels were used, coarse: 464 780 cells, 3 

medium: 1 478 514 cells and fine: 4 689 241 cells. The results are obtained after 3 seconds of 4 

simulated time, with 0.6 kg of solids present. The initial particle bed height amounts to 32 mm. 5 

Boundary conditions for this case can be found in Table 1. Solids were introduced into the 6 

computational domain in a cylinder with a 32 mm height and 148 mm diameter. Gas was being 7 

generated by a semi-implicit source term in a cylinder of 100 mm diameter and 18 mm height, i.e., 8 

with the same dimensions as the fritted disc used in the cold flow experiments. The results show a 9 

converging behaviour between the three meshes, as demonstrated by the extrapolated line, 10 

calculated from the approach by Roache [59]. The profile of the azimuthal velocity of the medium 11 

mesh, fits that of the extrapolated curve, and with an underprediction of 4 % of the maximal azimuthal 12 

solid velocity. This was deemed to be sufficient accuracy for the simulations since computational time 13 

required for the medium mesh was about five times shorter when compared to the fine mesh. 14 

 15 

Figure 4 Azimuthal velocity of the solids, extracted in a horizontal plane (10 mm height, 65 mm radius), for meshes with three 16 
different refinement levels. Inlet flow rate 75 L min-1, total mass of solids 0.6 kg. Results obtained after 3 s of simulated time. 17 
The used azimuthal angle is shown on the insert. 18 

 19 

3.2 Fluidization Behaviour 20 
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The reactor was designed with the idea in mind to have fluidization of the beads in order to improve 1 

the mass and heat transfer rate and subsequently having a more efficient dehydrogenation of H18-2 

DBT by removing the gas bubbles from the catalyst surface and by supplying fresh and heated H2-rich 3 

LOHC continuously. In order to achieve this, the particles have to be dragged along by the inflowing 4 

liquid, but this behaviour should be studied in a three-phase system (liquid-gas-solid) since in the 5 

reactive application H2 is generated at the catalyst surface during reactor. The proof that this concept 6 

is able to fluidize beads in a three-phase flow is shown in Figure 5 by the cold flow mock-up. In this 7 

figure, it is observed that when the drag is imposed on the particles without any gas, the bed expansion 8 

is minimal, as is the particle movement (Figure 5a). The CFD results confirm this trend. To do so, we 9 

plotted a contour plot of the volumetric solid fraction with a cut-off value of 0.1. We also see that the 10 

bed height is clearly visible (and comparable to the original bed height at rest at the beginning of the 11 

simulations), and only affected by the effect of the high velocity jets of entering liquid slightly 12 

upstream of the liquid inlets. This tendency is clearly confirmed by the experiments. The effect of the 13 

simulated production of H2 gas on the fluidization is striking (Figure 5b).The injection of 10 LPM of 14 

argon results in a solid bed with an increased volume and smaller local liquid inlet effect. We can 15 

expect that the considerable volume increase of the solid bed will be highly beneficial to ensure an 16 

adequate H2-rich LOHC-catalyst contact to allow for the dehydrogenation reaction to happen. The 17 

fluidization of the solid bed also ensures a sufficient bed agitation, thus in line with the recent findings 18 

of Solymosi et al. [37] highlighting the importance of mechanical agitation for mass transfer as well as 19 

to initiate nucleation on the catalyst. This comparison between the experimental and computation 20 

particle bed orientation shows that our CFD results can be relied upon to perform a qualitative analysis 21 

of the general trends seen from the simulation. In the remainder of this work the results will be 22 

discussed from the CFD study.  23 



16 

 

 1 

Figure 5 Comparison between simulations and experiments. a) Reactor operation without gas flow, showing little to no 2 
movement of the solid bed. b) Reactor operation with 50 LPM of water and 10 LPM gas flow, showing the fluidization of the 3 
glass beads (painted in yellow for better visualization). The cut-off value for the CFD – contour plot of the volume fraction of 4 
the solids was set to 0.15. 5 

Figure 6 shows the height the particles can reach within the first ten seconds of operating the reactor, 6 

as seen near the wall, and analysed from our transient simulation every 2 seconds. Two interesting 7 

behaviours of the solids can be noted. First, it can be seen that the particles are dragged by the flow 8 

to heights exceeding 10 mm in the reactive zone, while still maintaining a packing density of more 9 

than 40 %. In the experimental image in Figure 5b it can be seen that particles also exceed 10 mm 10 

height, even at the lower flow rate of 50 L min-1 used in the experimental setup. Second, it can be seen 11 

that in the initial transient behaviour of this flow there is a certain periodicity between the black and 12 

red lines, especially in the case of 4 and 6 seconds and in the case after 8 and 10 seconds However the 13 

results after 4 and 6 seconds differ widely from those at 8 and 10 showing that this periodicity is 14 

temporary and the chaos within the flow is increasing as one would expect in a fluidized bed. This 15 

periodicity is likely caused by the symmetry of the reactor and identical inlet conditions.  16 

a) 

b) 
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 1 

Figure 6 The evolution of the bed height near the wall over time. The red line on the graphs 2 

corresponds to position A on the front side of the reactor. The line in black corresponds to bed height 3 

at position B, at the back side of the reactor.  4 

The position of the black and red lines are shown in the reactor (upper left). The particles achieve a 5 

height exceeding 10 mm In Figure 7a it can also be seen that the catalyst particles move upwards on 6 

the side of the walls. This figure also shows the periodicity of the flow since the movement on the 7 

walls is only visible on one side of the reactor. Notably, comparing Figure 7a with Figure 5b shows that 8 

the solids in the simulation also move up until the expansion zone in small quantities. Figure 7b shows 9 

the reactor from the bottom and here the presence of accumulated solids is noticeable. The presence 10 

of this accumulated area near the bottom of the reactor means that H2-rich LOHC liquid comes into 11 

contact with a high concentration of catalyst beads when it is newly injected into the reactor. This is 12 

beneficial for both the reaction and for heat transfer purposes: i) the high concentration of H18-DBT 13 

in the feed favours a maximum reaction rate, and ii) this newly injected/recirculated hot LOHC act as 14 

a heat source to counteract catalyst particles cooling due to the endothermicity of the reaction. Future 15 

designs should take this into account to avoid this dead space of beads in the reactor, whilst still 16 
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keeping these beads near the inlets. In Figure 7, the absence of solid beads or low volume fraction 1 

near the inlets of the liquid is also noticeable. This is due to the high inlet velocities and will allow for 2 

easy injection of the liquid since the solid beads do not obstruct the inlets. 3 

 4 

Figure 7 The envelopes of the solid fraction shown for a) the view on side and b) the view from the bottom plate (B). The 5 
envelopes show the solid volume fraction for 0.1 (blue), 0.25 (cyan), 0.4 (orange) and 0.5 (red). These images was taken from 6 
the simulation after 10 seconds.  7 

3.3 Liquid and Slip Velocity 8 

Next to the distribution of the solid, the behaviour of the liquid flow is critical. The streamlines of the 9 

liquid after 10 seconds of simulation can be seen in Figure 8. It can be seen that the liquid flow in the 10 

reactor is swirling in a helical upwards pattern, which is caused by the orientation of the inlets. In this 11 

figure it can be seen that the fluid velocity is higher near the walls and the inlets, reaching a velocity 12 

of 1.4 m s- 1 in these areas.  13 

 14 

Figure 8 Streamlines of the liquid velocity in the reactive zone after 10 seconds. The flow has a helical pattern that swirls 15 
upwards and has higher velocity near the walls.  16 

A second parameter to study the interaction between the liquid and the solid particles is the slip 17 

velocity (the difference in velocity magnitude between the solid and liquid phase). An increase in solid-18 

liquid slip velocity is beneficial for both heat and mass transfer, both phenomena are highly 19 

advantageous for the endothermic dehydrogenation reaction where the catalyst is deactivated by the 20 
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liquid product, and where the H2 gas bubbles tend to stay in the packed bed. Figure 9 shows the slip 1 

velocity extracted at a height of 10 mm and in a circle with a radius of 65 mm after 10 seconds of 2 

simulation. During the reactor operation the slip velocity reaches a maximal value of 0.4 m s-1, and it 3 

shows positive nonzero values almost completely over the full extent of the azimuthal profile of the 4 

reactor. These data points were extracted from our simulation results, the agreement of the GCI – 5 

study in section 3.1 proves that we can rely upon these results with an estimated relative error of 6 

about 4 %. 7 

  8 

Figure 9 Velocity profile for the liquid and solid phase, with the resulting slip velocity. Data was extracted at a height of 10 mm 9 

and a radius of 65 mm after 10 s of simulation. For the interpretation of the azimuthal angle the reader is referred to Figure 10 

4 11 

3.4 Gas Distribution in the Reactor 12 

In order to improve the reaction, a fast removal of the gas phase is required. The gas phase present 13 

around the particles can inhibit the reaction of the liquid H18-DBT by covering the surface of the 14 

catalyst particles with hydrogen bubbles, thus potentially leading to catalyst dewetting. When 15 

investigating the distribution of the gas phase it was seen that most of the gas that is generated at the 16 

bottom plate tends to remain in the centre of the reactor. This is caused by the rotational movement 17 

of the liquid, which forces the light density gas towards the centre. The reactor design proposed here 18 

shows to have a separation effect to remove the gas from the liquid flow (Figure 10). In this figure the 19 

lilac arrows show the magnitude of the gas velocity extracted from CFD simulation, with its point of 20 

origin on the central plane. These arrows show that the gas phase within the reactive zone of the 21 

reactor is also influenced by the swirling flow of the liquid. It is this effect that helps to concentrate 22 

the gas phase in the centre of the reactor.  23 
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 1 

 2 

 3 

Figure 10 Central plane of the reactor showing the distribution of argon gas over the course of the simulation. The lilac arrows 4 
denote the magnitude of the gas velocity. 5 

3.5 Future Design Changes  6 

With this reactor we have shown the first concept that the use of a swirling fluidized bed can be 7 

applied to a system with water, glass beads and argon gas. The parameters for this three-phase 8 

system were calculated to have high similarities with H18-DBT, Al2O3 catalysts and hydrogen gas. 9 

This initial design is far from the optimal design, a simple calculation of the liquid hour space 10 
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velocity (LHSV) shows that with current operating parameters: 75 LPM inlet flow rate and only 1 

0.6 kg of catalyst, the LHSV exceeds 9000 h-1. This is an order of magnitude of 100 times higher 2 

than what the chart of Peters et al. [35] on the relation between LHSV and temperature is designed 3 

for, and thus gives a very low Degree of Dehydrogenation (DoD) [61]. For this reason, we suggest 4 

using a higher catalyst mass as much more catalyst can fit in our reactor. Secondly, the minimal 5 

inlet flow rate should be found where the catalyst will remain in fluidized state. Thirdly, using 6 

recirculation of the liquid is also highly recommended, and this is often used in liquid based 7 

fluidized beds [62]. Recirculation of the liquid is not advised in the current geometry and with 8 

current operating conditions. To estimate the number of recirculation passes in our system, we 9 

calculated the 1st Damköhler number for this system according to Otalvaro – Marin and 10 

Machuca – Martinez [63], with the kinetic parameters obtained from Bulg rin’s work [64]. We 11 

achieved a Damköhler number of 5⋅10-4, which would require over 100 passes in the reactor to 12 

achieve reasonable DoD, according to the work of Otalvaro – Marin and Machuca – Martinez. This 13 

is by far a practical system, which means that the system needs further optimization to achieve a 14 

fluidized state of the beads at lower flow rates. There are several design changes that can be made 15 

to improve this reactor further towards a higher DoD. For example, elongating the reactive zone 16 

to allow more catalyst to fit. By doing so we will decrease the LHSV, yielding a higher DoD. This 17 

however, will come with the drawback of additional pressure drop due to the longer bed [44]. Due 18 

to the higher flowrates required in this swirling fluidized bed reactor, the residence time in this 19 

reactor will not be long enough to achieve sufficiently high DoD in a single pass. Recirculation will 20 

probably be required, which will introduce back-mixing of unloaded DBT in the catalyst bed. This 21 

will lower the efficiency of the process; this is a trade-off with the increased mass and heat transfer 22 

than can be achieved by the swirling catalyst bed. Additional research is required in this field to 23 

find the optimum between a high flowrate which would increase swirling behaviour and increase 24 

mass and heat transfer, but these higher flowrates would require more recirculation passes, 25 

lowering the catalyst efficiency.  26 

By decreasing the radius of the reactive zone there will be a stronger rotational acceleration on 27 

the particles, causing stronger swirling behaviour even at lower flow rate, which should increase 28 

residence time of the liquid in the fluidized regime. This increase in rotational force will likely also 29 

help with faster removal of the gas phase, leading towards a more efficient reaction [65].  30 

A third design change we would propose to future systems is a way to eliminate the accumulation 31 

of the catalyst near the bottom plate of the reactor, for this we could use a conical shaped bottom 32 

plate, as is used on the bottom of most glass bottles. This would remove the dead zone inside the 33 

reactor and ensure that more of the catalyst is freely flowing, similar to the effect of a cone in a 34 

TORBED reactor [66].  35 

In addition to the design changes for the reactive zone, the upper sections of the reactor should 36 

also be optimized to allow for quick degassing of the liquid, while keeping the total volume of the 37 

reactor low [67]. This would increase the power density of the total reactor system. Another factor 38 

that can help with the increased fluidization in the size of the catalyst beads. From Eq. 1, it can be 39 

seen that the diameter of the particle is inversely proportional to the 𝑈𝑚𝑓, decreasing the size of 40 

the particle will therefor decrease the minimal flow rates required for the fluidization. This would 41 

also lead to longer residence time and improved DoD, while still having the added benefit of the 42 

increased mass and heat transfer that arises from fluidizing the beads [44].   43 
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4. Conclusion 1 

In this work we presented a novel type of swirling reactor for the dehydrogenation of H18-DBT. The 2 

dehydrogenation reaction of this compound is characterized by large volumes of gas that are formed 3 

during the reaction, which reduces liquid and catalyst contact and reduces the overall efficiency of the 4 

H2 release process. The endothermic reaction also impedes improved heat transfer schemes, which is 5 

also proposed via the swirling flow, and confirmed with the numerical results of the slip velocity, which 6 

reaches a maximal value of 0.4 m s-1. As a prototyping study we presented this new reactor in a cold 7 

flow mock-up study. This study has shown that the swirling liquid flow, aided by the presence of a gas 8 

phase is crucial for the fluidization of the catalytic bed. The behaviour of this swirling reactor was 9 

illustrated by showing the fluidization of the particles both in an experimental setup and by CFD 10 

simulations (Euler-Euler) to characterize the flow behaviour numerically. It was shown both 11 

experimentally and with simulations that the beads in this three-phase system could easily exceed a 12 

height of 10 mm in the reactor, an increase in height of 7 mm compared to the initial bed height. This 13 

reactor allows of the beads to stay inside the reactive zone whilst having a liquid flow profile with little 14 

back mixing. The benefits of the fluidization of the catalyst beads are important in the 15 

dehydrogenation process as it allows for better removal of H2 gas from the catalyst surface. 16 

Furthermore, the reactor also showed to aid in the removal of gas by concentrating the gas phase in 17 

the centre of the reactor and removing it from the active zone of the reactor. Although we did show 18 

that a system with similar hydrodynamic properties to a reacting H18-DBT mixture can be fluidized in 19 

our reactor, several design parameters should be optimized to make this reactor more effective to 20 

reach higher DoD. 21 
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